Catalytic upgrading of biomass pyrolysis vapours is a potential method for the production of hydrocarbon fuel intermediates. This work attempts to study the catalytic upgrading of pyrolysis vapours in a pilot scale FCC riser in terms of hydrodynamics, residence time distribution (RTD) and chemical reactions by CFD simulation. NREL's Davison Circulating Riser (DCR) reactor was used for this investigation. CFD simulation was performed using 2-D Eulerian-Eulerian method which is computationally less demanding than the alternative Euler-Lagrangian method. First, the hydrodynamic model of the riser reactor was validated with the experimental results. A single study of time-averaged solid volume fraction and pressure drop data was used for the validation. The validated hydrodynamic model was extended to simulate hydrodynamic behaviours and catalyst RTD in the Davison Circulating Riser (DCR) reactor. Furthermore, the effects on catalyst RTD were investigated for optimising catalyst performance by varying gas and catalyst flow rates. Finally, the catalytic upgrading of pyrolysis vapours in the DCR riser was attempted for the first time by coupling CFD model with kinetics. A kinetic model for pyrolysis vapours upgrading using a lumping kinetic approach was implemented to quantify the yields of products. Five lumping components, including aromatic hydrocarbons, coke, non-condensable gas, aqueous fraction, and non-volatile heavy compounds (residue) were considered. It was found that the yield of lumping components obtained from the present kinetic model is very low. Thus, the further research needs to be carried out in the area of the kinetic model development to improve the yield prediction.
Introduction
Fast pyrolysis, the rapid heating of biomass in the oxygen-free atmosphere, has been considered as a promising technology for the production of transportation fuels, speciality and fine chemicals, and furnace and boiler fuel [1] . Unfortunately, the produced bio-oil from fast pyrolysis of biomass has a highly complex mixture of oxygenated compounds that considered unsuitable for direct use in existing liquid hydrocarbon fuel technologies such as fractionation units (atmospheric and vacuum distillation), fluid catalytic cracking (FCC), thermal cracking, and hydroprocessing units. The issue thus related to raw pyrolysis bio-oil can be upgraded or treated by catalytic method [2] . Catalytic fast pyrolysis (CFP) has a potential option for improving the quality of organic products from fast pyrolysis of biomass [3] . This process can be operated by either in-situ where the catalyst and biomass are mixed in the same reactor or ex-situ where the vapours from the biomass pyrolysis reactor react with the catalyst in a separate reactor system [4, 5] . Ex-situ catalytic fast pyrolysis process or pyrolysis vapours upgrading can be considered a potential method for the production of hydrocarbon fuel intermediates such as carboxylic acids, aldehydes, ketones, furans and phenolic compounds [6] . The chemical reactions occurring in ex-situ catalytic fast pyrolysis include deoxygenation, hydrogen transfer, aromatisation, isomerisation, and CeC coupling reactions [7] . Deoxygenation reaction can be achieved via decarboxylation -removal of oxygen as CO 2 , decarbonylation -removal of oxygen as CO, and hydrodeoxygenation -removal of oxygen as H 2 O. Hydrogen transfer reaction can occur at atmospheric pressure and at high reaction temperatures without hydrogen [7] . CeC coupling reactions can be achieved via transalkylation (methyl transfer), ketonisation, aldol condensation, and hydroalkylation reactions. Mostly, the ex-situ CFP has been conducted in either micro-scale via Pyro-GC-MS [8] [9] [10] or in lab-scale reactor [11] [12] [13] . The lab-scale reactor of pyrolysis vapours upgrading was performed in either a fixed bed or fluidised bed reactors. In comparison with fixed bed reactor, fluidised bed operations could be preferred because it produces relatively lesser coke and thus reduces catalyst deactivation [14] . Also, it has the advantages of continuous and quick catalyst regeneration [6] . The pyrolysis vapours upgrading in fluidised bed follows a similar procedure in the petroleum industry with the reactor concept of fluid catalytic cracking (FCC). In a typical FCC unit, catalyst from the regenerator enters at the bottom of the riser where it reacts with the feed in the riser and is separated from the gaseous products by the cyclone. The catalyst flows back to the regenerator where the air is injected to burn off the coke that is deposited on the active surface of the catalyst.
In literature, various fundamental studies have already been conducted to understand the underlying mechanism of pyrolysis vapours upgrading and coking process using different microporous catalysts and several process parameters such as feedstock type (pine, red oak, and hybrid poplar) and temperature (400-700°C) [8] [9] [10] . Among the various catalysts tested, HZSM-5 based catalyst is widely applied for the catalytic upgrading of pyrolysis vapours due to its strong acidity, shape selectivity, and ion exchange capacity. However, HZSM-5 deactivates rapidly due to the decrease in its acid sites (Si/Al ratio) [9] . To study catalyst activity during vapours upgrading, Mukarakate et al. [8] have investigated in a horizontal quartz annular flow reactor coupled with a molecular beam mass spectrometer. They have found the deactivation of the catalyst completely at a biomass-to-catalyst ratio of about 3. Wan et al. [9] have investigated the effect of Si/Al ratio and the temperature on the catalytic activity using a CDS analytical pyroprobe with a small packed-bed flow reactor. The reactor has the dimension of 6″ long and ¼″ OD. They have found the higher aromatic yield for HZSM-5 with Si/Al ratio of 40 at 500°C. Another study has also reported the pyrolysis vapours upgrading in a micro-pyrolyser by investigating the effect of feedstock properties (type: hybrid poplar; size: 0.2-3 mm; and loading: 0.5 mg), and catalyst temperature (400-700°C) and loading (10-40 mg) [10] . To investigate how the catalyst type influences the vapours upgrading, a lab-scale reactor was also used in the literature. Park et al. [11] have studied the upgrading of pine pyrolysis vapours in a lab-scale fixed catalytic bed reactor using different zeolite catalysts such as HZSM-5, H-Y, and Ga-ZSM-5. They have also investigated the influence of bed temperature, vapours residence time, and catalyst composition on the product distribution. Iliopoulou et al. [15] have reported the catalytic upgrading of pyrolysis vapours in the pilot-scale riser using two different catalysts of FCC catalyst and ZSM-5 based FCC additive catalyst. Though the investigation of pyrolysis vapours cracking has been studied mainly at the lab-scale in the literature, it possesses many challenges at the industrialscale that need to be addressed. As discussed by Yildiz et al. [16] , the challenges include operation mode, life and deactivation of catalyst, and novel process configurations.
The issues related to the cracking of pyrolysis vapours over the catalyst are the lower yield of bio-oil, the higher yield of gas, and high coking rate resulting in rapid deactivation of the catalyst. The formation of coke is mainly from the polymerisation of aromatic hydrocarbon or condensation of unreacted pyrolysis vapours. This is due to low effective H/C ratio of the pyrolysis vapours [8] . The higher yield of gas is due to a heavy fraction of oxygenated compounds in pyrolysis vapours removed as CO 2 , CO, and H 2 O(g) through decarboxylation, decarbonisation, and hydrodeoxygenation reactions, respectively. Therefore, to retain carbon in the pyrolysis vapours, the reaction pathways involved in the removal of oxygen heteroatom from the pyrolysis vapours need to be optimised [7, 14] . Also, the contact time between the catalyst and vapours in the riser need to be optimised [15] . Typical vapours residence time in the fluidised bed riser is to be 2-3 s. However, the longer contact time between catalyst and vapours may form the excessive coking and thus reduce the catalyst activity [8] . The catalyst deactivation due to the deposition of coke on the active surface of catalyst depends on the type of catalyst, reactor configuration, and process conditions. In the view of reactor configuration, it is important to understand the underlying fluid dynamics of the reactor to improve the catalyst performance. Thus, the present study motivates to develop a computational model for the pyrolysis vapours upgrading in the fluidised bed riser. Different modelling approaches have been developed in the literature for studying the hydrodynamics of FCC riser along with reaction kinetic modelling. These approaches are: (i) 1-D hydrodynamic model with lumped kinetics; (ii) 1-D hydrodynamic model with molecular-level kinetics; (iii) 2-D empirical hydrodynamics with the lumping kinetics; (iv) CFD model with the lumping kinetics; and (v) CFD model with molecular-level kinetics [17] . Among them, first three methods are computationally easy to solve with less accuracy, whereas highly detailed information of flow fields and reaction kinetics can be obtained from CFD model with molecular-level kinetics. However, it requires a lot of computational efforts. Most widely used method is CFD with the lumping kinetic modelling, which is more comprehensive and requires a reasonable computational cost with adequate accuracy. In addition, this method has been applied to the crude oil cracking in the FCC riser [18, 19] and fast pyrolysis of biomass for biofuel production [20] [21] [22] .
The present work aims to simulate the hydrodynamics of pyrolysis vapours and catalyst in a Davison Circulating Riser. The Davison Circulating Riser (DCR) is the industry standard FCC pilot-scale reactor developed by Grace's [23] . The National Renewable Energy Laboratory (NREL) has recently studied biomass pyrolysis vapours upgrading using the Davison Circulating Riser (DCR) [12, 24] . In which, the vapours were fed to continuously circulating catalyst for hydrocarbon production without adding hydrogen. It has advantages of continuous coke removal to keep the catalyst in the active form. In this work, the hydrodynamic characteristics of pyrolysis vapours and HZSM-5 catalyst in the riser are calculated using 2-D Eulerian-Eulerian approach. Using hydrodynamic results, the prediction of catalyst residence time in the riser is performed for studying the contact time of vapours with the catalyst. This is examined by the effect of catalyst feed rate and gas flow rate on the hydrodynamic behaviour and catalyst residence time distribution (RTD). Furthermore, the hydrodynamic model is extended to simulate the catalytic upgrading of pyrolysis vapours by a coupled CFD-lumping (pseudo-components model) kinetic approach. Five lumps of the major products in pyrolysis upgrading, including aromatic hydrocarbons, coke, non-condensable gas, aqueous fraction, and non-volatile heavy compounds (residue) are considered.
The rest of the paper is organised as follows. Section 2 describes the modelling approaches with governing equations used for predicting the flow fields in the riser and Section 3 describes the numerical methodology and solution algorithm implemented in this study. The results obtained from this study are discussed in Section 4. The conclusions drawn from this numerical study are presented in the final section of the paper.
CFD modelling
Ensemble averaged conservation equations of mass, momentum, and energy were used to describe the flow fields of catalyst and pyrolysis vapours in the riser. All phases are described as interpenetrating continua in an Eulerian frame of reference. Gas phase is treated as a continuous phase which consists of pyrolysis vapours and nitrogen. It is worth to mention that aerosol is also formed during the pyrolysis process and is carried through together with vapours. However, it is not included in the gas phase mixture to avoid the complexity of the model. A catalyst particle is considered as the dispersed solid phase.
Hydrodynamic equations
The continuity equation for gas (g) and particle phases (p) can be written as [25] 
(1)
where ρ, α, and → v are the density, the volume fraction and the phase-averaged velocity and S is the source term due to chemical reactions. The momentum equation for gas and particle phases can be written as 
where g is the acceleration due to gravity, P is the pressure shared by all phases, p p is the solid pressure, and β is the interfacial momentum exchange coefficient between the solid and the gas phases. The gas phase stress tensor, τ g can be written as
where μ g = μ gl + μ gt , μ g is the gas phase shear viscosity, μ gl is the gas phase laminar viscosity, λ g is the gas phase bulk viscosity, and μ gt is the gas phase turbulence viscosity, calculated based on the k-ε turbulence model and is given by
The value of k and ε was obtained directly from the transport equations of the turbulence kinetic energy and turbulence dissipation rate.
The particle stress tensor, τ p in Eq. (4) can be written as
where μ p is the solid shear viscosity, and λ p is the solid bulk viscosity. The drag force between the gas and solid phases was modelled as
where C D is the drag coefficient exerted by the dispersed solid phase on the gas phase and is obtained by
where d p is the particle diameter, C D is the drag coefficient of a single particle in a stagnant fluid and Re p is the particle Reynolds number and is defined as
The heterogeneous index in Eq. (8), H d is given in Table 1 [26] . The solids pressure due to solid-solid collisions was modelled using the kinetic theory granular flow. The model equation is given as [27] 
where e pp denotes the coefficient of restitution for solid-solid collisions, g 0, pp denotes the radial distribution function, and Θ p denotes the granular temperature. The equation of the radial distribution function is given as
In Eq. (13), the maximum solid packing, α p, max was 0.63. Solid shear viscosity, μ p is expressed as 
where ϕ is the angle of internal friction, and I D 2 is the second invariant of the deviatoric stress tensor.
Solid bulk viscosity, λ p is given as [28] 
In this work, the granular temperature was determined from solving transport equations derived from kinetic theory and is given as [28] 
where γ Θ p , k Θ p , and ϕ gp represent the collision dissipation of energy, the diffusion coefficient, and the energy exchange between the gas and particle phase, respectively and are given by [28] 
The energy equations for each phase, considering negligible of pressure work, kinetics terms and viscous heating, can be written as
( )
where h is the specific enthalpy, ⎯→ ⎯ q is the heat flux, Δ H is the heat of reaction, h pg is the volumetric heat exchange coefficient between the solid and the gas phases.
The heat transfer coefficient between the phases provided by Gunn [29] is given by 
Residence time distribution (RTD) modelling
Residence time distribution (RTD) represents the degree of mixing of phases which directly relates the hydrodynamics of the riser. This can thus be an important parameter to evaluate the reactor performance in terms of conversion and selectivity of chemical reactions. It is generally characterised as a probability density function, E(t) curve which relates the concentration, C(i) in each sample, i along the sampling period and is given by
The mean residence time and variance of statistical moments of E(t) can be calculated as
Thus, the dimensionless form of the variance to measure the degree of dispersion can be calculated as
In this work, Eulerian based species transport equation was chosen for studying catalyst RTD. This method calculates RTD based on the convective velocity of the catalyst, → v p , which can be calculated reasonably [30] . In this approach, few tracer particles are injected per unit time into main flow fields in the riser which is similar to the impulse-stimulus response technique used in the practical work. The concentration of injected tracer is monitored at the outlet of the riser that can provide RTD curve.
A transport equation for a tracer particle in the solid phase can be written as 
Kinetic modelling
A lumping kinetic model was used to study the catalytic upgrading of pyrolysis vapours over HZSM-5 catalyst. This method is useful for simplifying the complex reaction mechanism involved in pyrolysis vapours cracking. A comprehensive lumping kinetic model for bio-oil cracking with HZSM-5 constructed based on the reaction pathways proposed by Adjaye and Bakhshi [31] is shown in Fig. 1 . It is shown in the scheme that some of the heavy fraction in the bio-oil, mainly macromolecular oxygenated compounds, are cracked into the lower oxygenates and olefins through deoxygenation and cracking reactions. On the other hand, some of these heavy organics deposit on the catalyst surface and undergo polymerisation to form coke and residue. The residue is non-volatile heavy fraction in bio-oil, which does not evaporate during vacuum distillation. The cracked products of various carbon fragments undergo oligomerisation to produce a mixture of C 2 eC 10 olefins. These olefins then subsequently are converted to hydrocarbons through a series of reaction of aromatisation, alkylation, and isomerisation. During these reactions, some of the aromatic hydrocarbons also undergo polymerisation to form coke and residue. The kinetic modelling is useful for determining the appropriate operating conditions that can be used to predict the yield of upgraded bio-oil products. Adjaye and Bakhshi [32] have developed a rate based kinetic modelling of bio-oil upgrading using the proposed reaction pathways (Fig. 1) . They have used the power-law form of the rate equation to obtain the reaction rate constant, the activation energy, and the reaction order, considering six major products of organic distillate fraction, aqueous fraction, gas, coke, residue, and hydrocarbons. In the present work, five lumps, such as the aqueous fraction, coke, gas, organic liquid (volatiles), and residue (non-volatiles), were only considered since hydrocarbon is the component of organic fraction. The kinetic parameters for each lumping component are shown in Table 2 .
It can be seen from the table that the lower activation energy (3 kJ/ mol) is observed for the organic fraction, whereas the formation of aqueous fraction requires the highest activation energy (79 kJ/mol).
To model the cracking of pyrolysis vapours, a species transport equation was used. This can be written as
where Y i g is the mass fraction of species, i in the gas phase and S i is the net production of species, i due to chemical reaction.
Numerical methodology
A fluid dynamic behaviour of pyrolysis vapours and catalyst in the riser was simulated using ANSYS Fluent v14.0. To validate the hydrodynamic model of the fluidised bed riser, the experimental results from Particulate Solid Research, Inc. (PSRI) experimental research facility in Chicago [33] were considered. The dimension of PSRI reactor was the diameter of 0.2 m and height of 14.2 m. More details of the experimental setup are found in Table 3 . A sketch of simulated 2-D DCR reactor with the boundary details is shown in Fig. 2 . The reason for choosing NREL's DCR in this study is only lab/pilot-scale riser reactor data available in the literature for pyrolysis vapours upgrading. The DCR riser has a diameter of 0.01 m and the height of 3 m. A 2-D unsteady-state simulation was performed to reduce the computational cost. Inlet boundary condition was employed at the bottom of the bed to specify a uniform inlet of a gas mixture of diluted pyrolysis vapours and nitrogen. The solid inlet was specified on the side of the riser at the bottom. The pressure value was specified in the outlet boundary condition at the top of the reactor. The lateral walls were modelled using the no-slip velocity boundary conditions for the gas phase and the free-slip boundary conditions for the solid phase. More details of the boundary conditions are depicted in Table 4 . The coupled partial differential form of transport equations was converted to discrete algebraic governing equations by finite volume method. The advection scheme of second-order upwind for momentum equation and QUICK scheme for the volume fraction equation were used. Time derivatives in the governing equations were integrated with second-order implicit scheme with a time step of 0.0001 s. Total time for each simulation was 50 s and the time-averaged quantities were calculated from the simulation time of 20-50 s as the simulation results stabilised approximately at 20 s. Pressure-velocity coupling was achieved by the phase-coupled SIMPLE algorithm. The residual based convergence criteria used in all the simulations was 1 × 10
. The maximum number of iterations used for each time step was around 50. 
Results and discussion
The validation of hydrodynamic results of the riser reactor is discussed first. Then, the validated numerical simulations are extended to investigate the hydrodynamics of the pyrolysis vapours and catalyst flows, residence time distribution (RTD), and catalytic cracking of pyrolysis vapours in the DCR reactor.
Hydrodynamic validation
In this section, CFD simulation was performed without considering chemical reactions in the riser. The hydrodynamic behaviour of gas--solid flows in the riser was validated using the experimental data of PSRI reactor [33] . Solid particle of Geldart A type with the size of 76 μm and a density of 1712 kg/m 3 was used. The hydrodynamics of gas-solid flows were studied for predicting time-averaged radial volume fraction at various axial positions of the riser using γ-ray densitometer. First, a mesh dependency study was carried out to choose the optimum mesh size in the simulation. Three meshes of 20 × 1420, 40 × 1420 and 50 × 1890 were used. Simulation results of timeaveraged solid volume fraction along the radial position at the height of 8.1 m and the pressure drop along the riser for the solid mass flux of 489 kg/m 2 s were compared with the experimental result of the PSRI reactor [33] , which are shown in Fig. 3a , b, respectively. It can be seen from Fig. 3a that both medium and coarse meshes show a more or less similar trend which matches with the experimental data mostly in the core region of the riser. The fine grid results match with the experimental data in the annular region of the riser whereas it overpredicts in the core region of the riser. Overall, all of three meshes show a similar trend. In the view of computational accuracy and efficiency, the medium grid was used in the further simulation. The axial profiles of pressure drop per unit length predicted by three meshes are shown in Fig. 3b . The results from both coarse and medium grids relatively match with the experimental data at the top region of the riser. However, the profile observed in both coarse and medium meshes deviates from the S-shaped curve of the experimental data. The fine grid shows the Sshaped curve, which slightly deviates from the experimented data. The discrepancies in both radial and axial profiles predicted by CFD model are also reported in the literature [34, 35] . These discrepancies can be attributed to the selection of closure models, such as drag and gas-phase turbulence, which need further improvement for coarse-grid riser simulations.
Hydrodynamic behaviour of NREL's DCR reactor
In this section, the local hydrodynamics of solid bed expansion behaviour in NREL's DCR reactor are discussed. The fluidisation gas contains a mixture of pyrolysis vapours and nitrogen. HZSM-5 based zeolite catalyst with a particle size of 75 μm and the density of 1500 kg/ m 3 was used in this study which is the Geldart A type. The solid enters the riser at the right side of the riser only with the opening of 0.01 m wide. Two sides solid inlet configuration shown the better prediction of the hydrodynamic behaviours reported in the literature is not tested in this study [36] . The inlet composition of a gas mixture is shown in Table 4 . Initially, a mesh dependency study was performed. seen from the figure that the bed particles begin to expand in the riser with some particles hitting the wall and falling when gas was introduced into the bottom of the riser. It is also found from the figure that the large clusters of the solid particle are observed along the length of the riser which tends to congregate near the wall where the momentum of the carrier gas is very low. The cluster of particles was formed by the agglomeration of small particles which affect fluidisation characteristics and residence time distribution (RTD). Also, it can be noted from the figure that the particles are starting to leave the bed around at t = 10 s. As shown in Fig. 6 in the lower section of the riser (1.5 m), the particles exhibit a larger volume fraction near the wall and smaller volume fraction in the centre. The particle volume fraction at the wall is approximately 1.5 times than that in the riser centre. The particle concentration profile follows the gas velocity profile, i.e., in the riser centre, the high gas velocity exhibits a greater transport and entrainment capacity, resulting in a diluted particle distribution. At the higher section of the riser (at 2.5 m), the solid volume fraction profiles show a slightly lower than that in the lower section of the riser. The non-uniform distribution of particle concentration would influence the cracking reactions in the FCC riser. Time-averaged axial particle velocity along with the dimensionless radial position in the riser is shown in Fig. 7 at the height of 2 m for two different solid velocities at a particular gas velocity of 1.0 m/s. This plot shows the different trend for different solid velocity. For a high solid inlet velocity, the time-averaged axial velocity of particles at the centre of the reactor shows higher in comparison with a low inlet solid velocity. The raised particles due to the upward flowing gas in the centre try to come down along the side of the reactor and thus negative velocity is observed near to the wall of the reactor.
Catalyst RTD in NREL's DCR reactor
In gas-solid riser, solid mixing behaviour can be significantly 
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influenced the conversion and selectivity of the reaction. Therefore, it is important to understand the solid mixing behaviour in the riser. Solid mixing is usually studied to predict RTD by injecting tracer particles into the riser reactor. In this study, tracer particles were injected into the riser reactor at the solid inlet for the period of 1 s. In a recent study of Hua et al. [30] , various injection times starting from 0.1-3 s were studied and concluded that the injection time did not influence the solid RTD significantly. Thus, the present study was employed the injection time of 1 s with the sampling time interval of 0.01 s. The tracer properties were set similar to catalyst properties. Flow fields from the hydrodynamic simulation were used as an input for RTD calculation. The concentration of tracer at the outlet was monitored. Fig. 8 presents catalyst RTD curve (E(t) curve) obtained for the different gas and solid velocities. It can be seen from the figure that for the gas velocity of 1.45 m/s with two different solid velocities of 0.00278 and 0.004 m/s the shape of the RTD in the riser follows the close to a plug flow behaviour, i.e., almost all the particles in the riser have a uniform distribution due to all the particles moving the same velocity. However, for the case of the gas velocity of 1.0 m/s with different solid velocities the shapes of the curve show a long tail. This may be due to the occurrence of solids back-mixing in the riser. Generally, solids back--mixing is more significant in both annular and bottom regions of the riser due to the formation of particle clusters in these regions. From E(t) curve data, the mean residence time, t and dimensionless variance, σ θ were calculated using Eqs. (28) and (30) respectively, for various conditions, which are shown in Table 5 . It is found that with the high solid and gas velocities mean residence time of catalyst is shorter. In pyrolysis vapours upgrading, too short of a contact time between vapours and solids may lead to the lower conversion and too long leads to the excessive coking and the deactivation of the catalyst or undesirable products. Thus, the optimised contact time between vapours and catalyst is necessary for improving the process. The dimensionless variance, σ θ in Table 5 shows that the flow state in the reactor shows towards to the plug-flow condition when the solid velocity increases, i.e., when σ θ approaches to 1, the flow in the reactor can be expected to be close to a plug-flow state. This behaviour is also discussed in the literature [30] . Fig. 9 shows the contours of tracer mass fraction in the riser at various times in the case of the gas velocity of 1.45 m/s and solid velocity of 0.00278 m/s. This figure clearly shows the process of the motion of tracer particle in the riser, including the propagation and the escape, as the time goes on.
Catalytic upgrading in NREL's DCR reactor
In this section, a catalytic upgrading of pyrolysis vapours with 8 . Effect of the solid velocity on solid RTD in DCR riser for different gas and particle velocities. HZSM-5 based zeolite is discussed. A pseudo component based a lumping kinetic modelling along with CFD was implemented in this study. Five pseudo-species were incorporated into hydrodynamic modelling. The model components of corresponding lumping components and their inlet composition are shown in Table 6 . It is assumed that the inlet pyrolysis vapours contain only volatile and non-volatile (residue). In this simulation, the diluted pyrolysis vapours mass fraction and the inert gas of nitrogen mass fraction were fixed at 0.5. This simulation was carried out at the reaction temperature of 410°C which is the maximum temperature for which the kinetic parameters are reported by Adjaye and Bakhshi [32] . The physical property of pyrolysis vapours, such as the density calculated based on the volume-averaged mixing law, the viscosity of 1.72e − 05 kg/(m s), and molecular weight of 78 g/mol, was defined in this study. The total time used in this simulation was 50 s. A mass fraction of various lumping components during upgrading of pyrolysis vapours obtained from CFD simulation for different gas and solid velocities (both lower and higher solid mean residence time) is shown in Table 6 . It can be seen from the table that the mass fraction of all lumping components at the outlet of the riser reactor for different conditions shows a more or less similar value. This indicates that the cracking kinetics of pyrolysis vapours in the riser reactor predicted by the present model show insignificant. The contours of lumping components mass fraction and their mass fraction profiles along the height of the riser are shown in Figs. 10 and 11 respectively. It can be seen from Fig. 11 that the mass fraction of gas, water vapours, coke, and aromatics in the riser increases with increasing the height of the riser. About 0.2% of aromatic hydrocarbon yield and the negligible amount of coke, aqueous, and gas yields are observed at the outlet of the riser. The mass fraction of pyrolysis vapours and residue in the riser decreases quickly up to the height of 0.25 m and reaches a stabilised value. The mass fraction of pyrolysis vapours decreases from 0.31 to 0.303 in the riser, indicating that the conversion of pyrolysis vapours during upgrading is very low, about 2.25%. This may be due to the kinetics of vapours cracking used in this study not correctly to quantify the yield of various components. Also, in developing the kinetic model, Adjaye and Bakhshi [32] have used the condensed phase of bio-oil in their experiments, which was later vapourised and flowed into catalytic bed for upgrading. This implies that the proposed kinetic model of bio-oil cracking is not suitable for pyrolysis vapours cracking. Furthermore, the temperature in the riser influences the product distribution [14] . In this study, the temperature (410°C) in the riser was very low. In most of the upgrading of pyrolysis vapours reported in the literature, the reaction was carried out at above 500°C [12, 14] . Thus, it is worth saying that the present kinetic model may not suitable for the upgrading of vapours directly from biomass pyrolysis. Therefore, a kinetic model needs to be developed for predicting the lumping components yield in pyrolysis vapours upgrading. This may need a development of a global kinetic model or detailed first-principles based microkinetic model for a coupled reaction-transport simulation in the pyrolysis vapours cracking. It is also important to mention that the assigned model compound for each lumping component may influence the kinetic modelling of pyrolysis vapours upgrading. Thus, the issue related to the assigning model compound for each lumping component needs also to be verified.
Conclusions
In this work, the hydrodynamic behaviour of pyrolysis vapours and catalyst flows in a pilot-scale FCC riser by CFD simulation was studied. NREL's Davison Circulating Riser (DCR) reactor was used for this investigation. Hydrodynamic modelling results of the riser were validated with PSRI experimental data. Using the validated CFD model, the hydrodynamics and the catalyst RTD in the DCR were performed. Furthermore, the effects on catalyst RTD were investigated for various operating conditions to optimise the catalyst performance. For catalytic cracking of pyrolysis vapours, multiphase flow CFD model with five lumping pseudo-components based kinetic model was attempted for the first time. It was found that the yield of lumping components obtained from the present kinetic model is very low. Thus, further research will be required for the development of the kinetic model to improve the yield of lumping components. This involves a development of a global kinetic model or detailed first-principles based microkinetic model for coupled reaction-transport simulation in pyrolysis vapours upgrading. Overall, this preliminary study can be helpful to understand the fluid dynamics of pyrolysis vapours and catalyst flows to improve the performance of catalytic upgrading in the FCC riser. Also, this study can be provided the guidance related to the operating conditions that needed for pyrolysis vapours upgrading. energy exchange between the gas and particle phase Subscripts and superscripts g gas phase p particle phase
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